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A model was de®eloped to study the strong coupling between hydrodynamics and
chemical reaction that occurs in external-loop gas-lift reactors. The model predicts the
liquid circulation rate, as well as the axial profiles of gas holdup, pressure, gas and
liquid ®elocity, and reactant con®ersion in the riser. The study on the first-order, irre-

k 6®ersible, isothermal reaction in the gas phase nA B with a change in the number of
moles on reaction shows that for n)1, the gas holdup decreases along the riser, the
liquid circulation rate is lower than that in the absence of reaction, and liquid circula-
tion decreases as n and k increase. The bubble radius at the sparger and the inlet gas
composition can ha®e important effects on reactor performance. Scale-up strategies that
in®ol®e increasing the reactor length result in higher reactant con®ersion, but a lower
ratio of liquid circulation rate to gas feed rate.

Introduction

Ž .The distinguishing feature of a gas-lift reactor GLR is
the liquid circulation that is created by the gas feed. Figure 1
is a diagram of the external-loop GLR used by Young et al.
Ž . Ž .1991 and Amend 1992 . The gas that enters at the sparger
and leaves the top of the gasrliquid separator induces a cir-
culatory flow of liquid up the riser, through the separator,
and down the downcomer. The fact that liquid circulation is
achieved with no moving parts such as a pump makes GLRs
particularly useful in certain applications. For example, the
high-velocity environment of a pump could damage shear-
sensitive biomass or polymers, and could cause attrition of
solid catalysts. Moreover, in a corrosive or erosive system,
a pump could be a major source of reliability andror main-
tenance problems. The liquid circulation in a GLR also gives
rise to some related advantages such as simple mechanical
design, low power consumption, and nearly isothermal opera-
tion.

Gas-lift reactors have been used primarily in biological ap-
plications such as fermentation, where gasrliquid mass trans-
fer and reaction are relatively slow. Consequently, almost all
fundamental hydrodynamic studies of GLRs have involved
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nonreacting systems such as the air-water system, and virtu-
ally all hydrodynamic models ignore chemical reaction and
gasrliquid mass transfer. However, the potential utility of
gas-lift reactors is not limited to slow oxidation reactions.

Ž . Ž .Amend 1992 and Fleischer et al. 1996 used GLRs to carry
out the reaction between aqueous solutions of a strong base
Ž .such as NaOH and KOH and gaseous CO . In both studies,2
there was a substantial reduction in gas holdup along the riser
as CO was consumed. This gas consumption affected the2
hydrodynamics of the reactor significantly, especially the rate
of liquid circulation. A similar situation might exist in any
GLR that was used for a reaction involving CO andror H ,2
for example, Fischer-Tropsch synthesis, methanol and methyl
acetate carbonylation, and benzene hydrogenation.

The objective of the present work is to explore the cou-
pling of hydrodynamics and chemical reaction in an
external-loop GLR, that is, to understand how the hydrody-
namic behavior of the GLR is altered by the occurrence and
the characteristics of the reaction, and to understand how the
behavior of the reaction is affected by the hydrodynamic vari-
ables. At first glance, it does not appear possible to approach
these objectives with any degree of generality. Each reaction
that might be run in a GLR has distinctly different character-
istics. For example, gas may be produced as the reaction pro-
ceeds, as in the case of anaerobic digestion of biomass, or gas
may be consumed, as in the previously-cited reactive adsorp-
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( )Figure 1. External loop GLR used by Young et al. 1991
( )and Amend 1992 .

Dimensions in cm: w s 70.5; h s 86.4; D s14.0; D s19.0;s s dc
Ls165; L s199; h s10.5. Width of gasrliquid separatordc b
chamber s 27.9.

tion of CO . The kinetics of each reaction will be different,2
as will the stoichiometry such as the number of moles of gas
produced or consumed per mole of reactant consumed. If
reactions occur in the liquid phase, mass transfer across the
gasrliquid interface will have to be considered. The Fischer-
Tropsch reaction involves a particularly complex set of reac-
tions, mass-transport processes, and phase equilibria. The re-
actants CO and H are transported from the gas into the2
liquid, where they react on the surface of a suspended solid
catalyst. The products, primarily hydrocarbons with carbon
numbers from 1 to about 100 and either CO or H O, de-2 2
pending on the catalyst, are transported from the liquid into
the gas phase. Multiple phase equilibria must be considered
in order to determine how reactants and products partition
between the phases.

For many real systems, the number of expressions that are
required to describe stoichiometry, reaction kinetics, mass
transport, and phase equilibrium can be large, even for an
isothermal system. Moreover, the number and variety of pa-
rameters that are required to model such systems can cam-
ouflage the fundamental physical phenomena that control
system behavior. Some of the complexities of rigorously mod-
eling a specific reaction are illustrated by the works of Fleis-

Ž .cher et al. 1996 who developed an unsteady-state, 1-dimen-
Ž .sional 1-D , nonisothermal, 2-phase model that is specific to

the absorption of CO into NaOH in either a bubble column2
Ž .or an external-loop GLR, and of Marquez 1999 , who devel-´

oped a pseudo-steady-state model for the reactive absorption
of CO into KOH.2

The most significant effects of a chemical reaction on the
hydrodynamics of a GLR, and ®ice ®ersa, occur when the gas
superficial velocity changes with axial position in the riser, as
a result of net molar gas consumption or production as the
reaction proceeds. Changes in the gas superficial velocity lead
to changes in the gas holdup, the actual gas velocity, and the
bubble size profile. These changes have a direct impact on
the gas-phase continuity equation, the gas-phase momentum
balance, and the liquid-phase momentum balance in the riser.
On the other hand, the consumption or production of gas has
a relatively small impact on the liquid-phase mass balance
and liquid properties, since the mass-flow rate of gas in the
riser is usually a small fraction of the mass-flow rate of liquid,
at typical GLR operating conditions. Therefore, a great deal
can be learned about the fundamentals of reactionrhydrody-
namic coupling in a GLR by studying a model reaction that
creates substantial changes in the gas superficial velocity, but
does not involve the liquid phase. The irreversible, first-order,

k 6gas-phase reaction with mole change nA B has exactly
these characteristics. The stoichiometric coefficient n deter-
mines the maximum moles of gas that can be consumed or
created. The reaction rate constant k determines the rate at
which the asymptotic limit of gas consumptionrproduction is
approached. This simple model provides very useful insight
into how the coupling between hydrodynamic and reaction
parameters affects system performance, even though the
model does not capture the complex mass-transfer and
phase-equilibria effects that can occur in some systems.

Model Formulation
Ž .In a previous work Saez et al., 1998 , a mathematical model´

was developed to describe the hydrodynamics of external-loop
GLRs in the absence of chemical reaction. This model was a

Ž .modification of an earlier one by Young et al. 1991 . The
Saez et al. model is based on spatially-averaged, 1-D equa-´
tions of continuity and momentum in the riser, and on
macroscopic mechanical energy balances for the gas-liquid
separator and external downcomer. The model predicts the
rate of liquid circulation, and the axial profiles of gas holdup,
pressure, and gas and liquid velocity for the bubbly-flow
regime in the riser. The inputs required are the physical
properties of the gas and liquid phases, the reactor dimen-
sions, the inlet gas superficial velocity, and, for some cases,
the bubble radius at the sparger. The predictions match the

Ždata and predictions of other authors Young et al., 1991;
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Merchuk and Stein, 1981; Chisti et al., 1988; Ghirardini et
.al., 1992 .

Ž .The model of Saez et al. 1998 has been extended to in-´
clude the irreversible, first-order reaction with mole change

k 6nA B, which is assumed to take place isothermally in the
gas phase. Both A and B are assumed to be insoluble in the
liquid phase, so that there is no gas-liquid mass transfer and
no change in the composition of the liquid phase. This elimi-
nates the need to include liquid feed and removal streams
which will, in general, influence the reactor hydrodynamics
by adding a component to the liquid flow rate that is not
connected directly to the liquid circulation induced by the
gas flow. The GLR is assumed to operate at steady state.

Ž .Only gas consumption n)1 is considered in this article.
The assumptions and equations that constitute the present

model are described below. Those equations that are com-
mon with the earlier, no-reaction, model are summarized
briefly, but are not derived again. Their complete develop-

Ž .ment can be found in Saez et al. 1998 .´

Riser
Continuity equations

Starting from the time-averaged point equation of continu-
ity for each phase, an averaging process over a representative
volume of gas-liquid suspension is carried out. The volume-
averaged equations are then averaged over the cross-section
of the riser. By assuming steady state, uniform gas and liquid
density, and negligible gas-liquid mass transfer, the following
equations are obtained

² :Liquid r 1ye v s L 1Ž . Ž .l l f

² :Gas r e v sG 2Ž .g g

where r and r are the liquid and gas densities, respectively,l g
and L and G are the liquid and gas mass fluxes in the riser,f
respectively. These fluxes are independent of axial position,
and G is related to the inlet gas superficial velocity by Gs
U 0r 0, where U 0 and r 0 are the inlet gas superficial velocityg g g g
and gas density at the sparger, both evaluated at 298 K and 1
atm pressure.

In Eqs. 1 and 2, the angular brackets represent intrinsic
phase averages of the z-component of the phase velocities

1
² :v s v dV, is g , l 3Ž .Hi iV Vi i

where V is the portion of the averaging volume occupied byi
Ž 3. Ž .phase i m , v is the point velocity of phase i mrs , and gi

and l denote the gas and liquid phases, respectively. The bars
in the previous equation refer to cross-sectional averages such
as

1
² : ² :v s v dA 4Ž .Hi iA A

Ž 2.where A is the cross-sectional area of the riser m .

The gas holdup is defined over a representative volume of
gas-liquid suspension as

Vg
e s 5Ž .

V qVg l

In the development of Eqs. 1 and 2, the terms that might give
rise to dispersive contributions due to variations in the phase
velocities throughout the cross-section have been neglected.
These effects might be important in churn-turbulent flows,
where the liquid phase exhibits a strong recirculation within
the riser. Therefore, this analysis is restricted to bubbly flows,
for which dispersive contributions are small with respect to
the mean flow.

Momentum equations
The development of the momentum equations also starts

from the time-averaged point equation of motion for each
phase. An averaging process is carried out over a representa-
tive volume of gas-liquid suspension, and the volume-aver-
aged equations are averaged over the cross-section of the
riser. Assuming steady state, bubbly flow, uniform liquid den-
sity, no pressure jump between phases, negligible gravita-
tional contributions in the gas phase, and negligible gas-liquid
mass transfer leads to

² :d P f rr l 2² :Liquid y y 1ye r g y v s0 6Ž . Ž .l ldz 2 D

Gas er g s a Fl l g d

or alternatively

ˆa C rl g d l ² : ² : <² : ² : <er g s v y v v y v 7Ž .Ž .l g l g l8

Ž 2. Ž .where P is the pressure Nrm , z is the axial distance m
measured from the sparger, f is the two-phase riser frictionr

Ž .factor, D is the riser diameter m , a is the gas-liquid inter-l g
Ž 2 3.facial area per unit volume of gas-liquid suspension m rm ,

2Ž .F is the gas-liquid drag force per unit interfacial area Nrm ,d
C is the drag coefficient, and g is the acceleration due tod

Ž 2.gravity mrs .
Empirical correlations are used to represent frictional and

drag effects. The sensitivity of the model to the choice of the
drag coefficient correlation has been analyzed by Saez et al.´
Ž .1998 . When the drag coefficient is an explicit function of

Ž . Ž .the Reynolds number, the bubble size at the sparger r mb0
must be known, and the model is sensitive to this value. Pre-
sumably, r will depend on the geometry of the distributor,b0
the physical properties of the phases, and the gas and liquid
velocities. Once r is known, the value of r at any positionb0 b
can be calculated by assuming no bubble break up or coales-
cence, which is reasonably valid for bubbly flow. For
monodisperse bubbles

1r3² :e vg
r s r 8Ž .b b0² :e vŽ .g zs 0
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In the present work, the correlation

24
0.75Ĉ s 1q0.10 ReŽ .d Re

Ž .was used for the drag coefficient Ishii and Zuber, 1979 . This
correlation is valid for Re-2=105.

Gas-Liquid Separator
Macroscopic mass balance

The volumetric liquid flow leaving the riser is equal to that
entering the downcomer

² :1ye v As v A 9Ž . Ž .l dc dczs L

where v is the cross-sectional-area average of the liquid ve-dc
Ž .locity in the downcomer, L is the length of the riser m , and

Ž 2.A is the cross-sectional area of the downcomer m . Fordc
simplicity, it is assumed that there is no gas in the down-
comer, that is, that gas is disengaged completely in the
gasrliquid separator.

Macroscopic mechanical energy balance
Ž .Following the arguments of Young et al. 1991 , a macro-

scopic mechanical energy balance on the separator indicates
Ž² : .that the pressure at the top of the riser P and thezsL

Ž² : .pressure at the top of the downcomer P are approx-zsLdc
imately equal. Furthermore, it will be assumed that

² :P s P q r gh 10Ž .zsL atm l t

where h is the height of liquid in the gasrliquid separatort
Ž .m .

Downcomer
Macroscopic mechanical energy balance

The downcomer consists of a pipe with single-phase flow
of liquid, assuming that gas is completely disengaged in the
gasrliquid separator. A macroscopic mechanical energy bal-
ance is performed on a control volume that extends from the
top of the downcomer to the sparger in the riser. Detailed

Žderivations presented elsewhere Young et al., 1991; Saez et´
.al., 1998 lead to

kinetic energy
change

Ždowncomer accessorieswall.to riser lossesfrictionx xx
42® D Ldc dc dc
y1 q f q KÝdc iž / 5½2 g D Ddc i

pressure
contribution gravitationalx

contribution
x² : ² :P y Pzs0 zsLdc

q y Ls0 11Ž .
r g1

where f represents the friction factor in the downcomer,dc
Ž . ² :D is the downcomer diameter m , and P is thedc dc zsL

pressure at the top of the downcomer. The term Ý K repre-i i
sents the summation of all mechanical energy losses due to

Žaccessories such as elbows, ‘‘tees,’’ expansions, and contrac-
.tions . The same values for this term and for f that weredc

Ž . Ž .used by Young et al. 1991 and Saez et al. 1998 were used´
in this work.

Relationship between Gas Holdup and Liquid
Circulation

When n/1, the chemical reaction causes changes in the
gas holdup along the riser. The average or global gas holdup
in the riser e is defined asg

1 L
e s e dz 12Ž .Hg L 0

There is a strong relationship between this global gas holdup
and the liquid circulation rate. To understand this relation-
ship, an approximate analysis of the liquid momentum equa-
tion is performed. If wall friction in the riser is small relative
to the hydrostatic pressure change, Eq. 6 can be integrated
from zs0 to zs L to obtain

L² : ² :P y P fy 1ye r gdzsy 1ye r gLŽ . Ž .HzsL zs0 l g l
0

13Ž .

Equation 13 is not universally valid, since wall friction can be
a significant fraction of the hydrostatic pressure change when

² : Ž .e and v are large Young et al., 1991 . The downcomerl
mechanical energy balance Eq. 11 can be written as

2 ² : ² :v P y P zsLdc zs0
C v ,Ge q y Ls0 14Ž .Ž .dc 2 g r gl

Ž . � 4where C v ,Ge is the sum of the terms in the brackets ofdc
Ž .Eq. 11. The parameter C v ,Ge is a function of v becausedc dc

the friction factor f depends on the velocity in the down-dc
comer, and is a function of the geometry of the system, as
indicated by the symbol Ge. Equation 14 contains the ap-

² : ² :proximation that P s P , as discussed above indc zs l zsL
connection with the gasrliquid separator.

Combining Eqs. 13 and 14 gives

1r22 ge Lg
v s 15Ž .dc C v ,GeŽ .dc

There are several limiting cases of Eq. 15. First, consider a
given reactor, that is, a fixed geometry. In turbulent flow, fdc
is a weak function of v . For that situation, Eq. 15 yieldsdc

1r2v Ae 16aŽ .dc g

Equation 16a shows that if the global gas holdup in the riser
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decreases due to chemical reaction, the liquid circulation rate
will decrease almost in proportion to e 1r2.g

When the geometry of the GLR changes, there are two
limiting forms of Eq. 15 that help to illuminate the effect of
riser length L on the liquid circulation rate. First, if the fric-
tional losses in the downcomer are small compared to the
accessories losses plus the kinetic energy change, then
Ž .C v ,Ge will be a weak function of L . For constant riserdc dc

and downcomer diameters

1r2
v A e L 16bŽ .Ž .dc g

This equation will apply to relatively short GLRs, as long as
changes in L do not cause the term f L rD to becomedc dc dc dc

Ž .significant relative to the sum of the other terms in C v ,Ge .dc
Equation 16b shows that the liquid circulation rate will in-
crease with L unless there is a compensating decrease of e .g
Such a decrease will occur only if the reaction is very fast, the
stoichiometric coefficient is very high, and the feed is essen-
tially pure reactant.

The second limiting form occurs when frictional losses in
the downcomer dominate the accessories losses plus the ki-
netic energy change, and when flow in the downcomer is tur-
bulent, so that f (constant. For this situationdc

1r22 ge Lg
v (dc ž /f L rDdc dc dc

which reduces to the proportionality given by Eq. 16a when
Ž .D and LrL are constant. For this case, which occursdc dc

when the riser and downcomer are very long, the liquid circu-
lation rate does not depend on L.

Reaction in Gas Phase
Although the GLR is at steady state and the composition

of the gas at any position in the riser is independent of time,
the most convenient way to analyze the reaction in the bub-
ble is from a Lagrangian viewpoint. The feed to the reactor is

Ž .assumed to be a mixture of A, B and an inert I . For a
first-order, irreversible reaction taking place in an isothermal
gas bubble

N s N eyk t 17Ž .A A0

where N is the number of moles of component A in theA
Ž .bubble, t is the time s required for a bubble to move from

Ž . Ž .the sparger zs0 to a height z, and N s N ts0 , thatA0 A
is, N is the number of moles in the bubble when it is formedA0

Ž .at the sparger. The fractional conversion of A X definedA
Ž .by X s N y N rN , is used in this article to representA A0 A A0

the progress of the reaction.
If the density in the gas-phase continuity equation for the

riser is written using the ideal gas law, Eq. 2 becomes

² : ² :P M e vg g
sG 18Ž .

RT

The molecular weight of the gas mixture at any time t is

N M q N M q N MA A B B I I
M t sŽ .g N q N q NA B I

Žwhere N is the number of moles of species i at time t is A,i
.B, I , and M is the molecular weight of species i. Thei

Ž .molecular weight of A M is equal to M rn, and the num-A B
ber of moles of B and A are related by stoichiometry, that is,

Ž .N s N q N y N rn. Using these relationships togetherB B0 A0 A
with Eq. 17 leads to

M x q x rn q x Mw xŽ .B B0 A0 I 0 I
M t s 19Ž . Ž .g yk t w x1q 1y e x 1rn y1Ž . Ž .A0

where x is the inlet mole fraction of species i.i0
The gas velocity can be expressed as the rate of change of

axial position of a bubble with respect to time using Eq. 18

GRT dz
² :v s sg dt² :P M eg

Rearranging

² :P M edt g
s 20Ž .

dz GRT

This equation has the time that the bubble has spent in the
Ž .riser t z as the dependent variable and the riser coordinate

z as the independent variable. Equation 20 is subject to the
initial condition ts0 at zs0. The overall residence time of
the bubble in the riser t is the time that it takes for a bubblef

Ž . Ž .to rise from the sparger zs0 to the top of the riser zs L .

Model Implementation
The procedure for solving the model equations is similar to

Ž .that described by Saez et al. 1998 with one basic modifica-´
tion. The Saez et al. model requires the numerical solution of´
one ordinary differential equation, the liquid-phase momen-
tum equation. In the new model with reaction in the gas
phase, two ordinary differential equations must be solved: the

Ž .liquid-phase momentum equation Eq. 6 and the gas-phase
Ž .continuity equation Eq. 20 . These two equations were inte-

grated using the Runge-Kutta method with the boundary
condition given by Eq. 10, and the initial condition ts0 at
zs0.

The value of M was calculated from Eq. 19, and the val-g
² : ² :ues of e , v , and v were calculated as described in Saez´g l

Ž .et al. 1998 at each step in the integration of Eqs. 6 and 20.
The liquid mass flux in the riser L is not known a priori andf

Ž .an iterative procedure is required Saez et al., 1988 . To start´
² :the solution, values of L and P are assumed. The in-zs0f

tegration is then carried out. If the boundary condition at
² :zs L is not satisfied, P is adjusted and the integrationzs0

is repeated. Once this boundary condition is satisfied, the as-
sumed and calculated values of L are compared and L isf f
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adjusted if necessary. A solution is obtained when the as-
sumed and calculated values of L are equal and, simul-f
tanously, the boundary condition at zs L is satisfied.

One of the main advantages of the present model is its
mathematical simplicity. A system of two ordinary differen-
tials equations is solved in conjunction with four algebraic
equations and the downcomer mechanical energy balance.
The physical properties of the gas and liquid phases, the re-
actor dimensions, the gas superficial velocity, the bubble ra-
dius at the sparger, and the reaction parameters k and n are
required as inputs. The model predicts the axial profiles for
gas holdup, gas and liquid velocity, pressure and reactant
conversion in the riser, as well as the liquid circulation flux,
for the case of bubbly flow.

Results and Discussion
An analysis of the different variables that affect the opera-

tion of a GLR when a chemical reaction takes place was car-
ried out using the model described above. Initially, the reac-
tion was assumed to take place in a reactor with the dimen-
sions shown in Figure 1 in order to study the effect of the

Ž . Ž .stoichiometric coefficient n , the kinetic rate constant k ,
Ž .the bubble radius at the sparger r , and the inlet gas com-b0

position. Then, different scale-up strategies were studied,
placing emphasis on changes of the inlet gas superficial veloc-
ity and the reactor dimensions. Finally, the model was used
to simulate the coupling between hydrodynamics and chemi-

Ž .cal reaction in the experimental results of Amend 1992 with
a KOHrCO system.2

Operating Conditions
The performance of an external-loop GLR must satisfy two

main requirements: the desired conversion must be achieved,
and it must be possible to remove or supply the heat of reac-
tion. To obtain the desired conversion, the residence time of
the gas in the reactor must be sufficiently long. The heat-
transfer capability is related directly to the rate of liquid cir-
culation in the reactor. In an external-loop GLR, the most
logical place for a heat exchanger is in the downcomer. The
liquid stream coming from the top of the riser and through
the gasrliquid separator would enter the downcomer, ex-
change heat, and return to the bottom of the riser. The
present model does not include heat exchange, except implic-
itly via the assumption of isothermal behavior. The rate of
liquid circulation can also influence the ability to suspend a
solid such as a catalyst, and it is one of the parameters that
determines the residence time of the gas in the riser.

Base case
To analyze the effect of operating conditions on reactor

performance and hydrodynamics, a base case was estab-
lished. The base case is defined by: reactor dimensions, as
shown in Figure 1; feed gas superficial velocity, U 0 s4.7g

Žcmrs; bubble radius at the sparger, r s1 mm monodis-b0
.perse bubbles ; and inlet gas composition, pure reactant A,

x s1. Two rate constants were considered: ks1.0 sy1
A0
Ž . y1 Ž .moderate reaction and ks2.0 s fast reaction . The stoi-

chiometric coefficient n was taken to be 50 to allow substan-
tial molar consumption of the gas phase. The molecular
weight of A and the molecular weight of the inert I, when
included, were taken to be 29. In the absence of inert, the
results are independent of M . When inert is present, theA
results depend on the ratio M rM .I A

Stoichiometric coefficient and kinetic rate constant
The parameters k and n provide a mechanism to create

changes in the hydrodynamics as a result of axial changes in
the gas superficial velocity. Figures 2 to 6 present the effect
of the stoichiometric coefficient n on the reactant conver-
sion, bubble radius, gas holdup, and gas- and liquid-phase
velocity profiles in the riser. These figures represent the base

Ž y1.case conditions with a moderate reaction rate ks1.0 s .
Figure 2 shows the fractional conversion of Reactant A as

a function of dimensionless axial position. The fractional con-
version is not a unique function of axial position, but de-
pends on the stoichiometric coefficient. This behavior results
from the fact that liquid circulation rate depends on n. This
causes the gas velocity, the gas holdup, and, ultimately, the
gas residence time and the fractional conversion of A, to be
functions of n. The relationships between these variables and
the stoichiometric coefficient are developed below in more
detail.

The effect of the stoichiometric coefficient on conversion
is not as small as suggested by comparisons of X at fixedA
values of zrL. A different perspective is obtained by compar-
ing the values of zrL required to achieve a given conversion.
For example, the exit conversion at zrLs1 for ns2 is about

Ž92%. This same conversion is achieved at zrL(0.90 about
. Ž10% less reactor volume when ns5 and at zrL(0.76 ca.
.24% less reactor volume when ns50.

Figure 2. Effect of the stoichiometric coefficient n on
the axial variation of the fractional conversion
of Reactant A.

Ž y1.Base case, moderate reaction rate k s1.0 s .
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Figure 3. Effect of the stoichiometric coefficient n on
the axial variation of the bubble radius.

Ž y1.Base case, moderate reaction rate k s1.0 s .

Figure 3 shows axial profiles for the bubble radius in the
riser. For the no-reaction case, the bubble radius increases
slightly with zrL, as a result of the decrease in pressure along

Ž .the riser. In the reactive cases n)1 , the reduction in the
gas volume as a result of the reaction dominates the effect of
pressure, and the gas bubbles become smaller as zrL in-
creases. The bubble radius reduction varies from about 10 to
about 60% over the length of the column as n increases from
2 to 50 because the number of moles in the bubble decreases
more per mole of A reacted as n increases.

Figure 4 presents the axial change in the gas holdup for
different stoichiometric coefficients. Two aspects are worthy

Ž .of special note. First, the gas holdup at the sparger zrLs0

Figure 4. Effect of the stoichiometric coefficient n on
the axial variation of the gas holdup.

Ž y1.Base case, moderate reaction rate k s1.0 s .

Figure 5. Effect of the stoichiometric coefficient n on
the axial variation of the intrinsic riser liquid
velocity.

y1Ž .Base case, moderate reaction rate k s1.0 s . v is thedc
average downcomer velocity.

for the reactive cases is always greater than for the no-reac-
tion case. When reaction takes place, the liquid circulation
rate decreases due to a lower global gas holdup, as shown in
Eq. 16a. As the liquid velocity at the sparger decreases, the
gas velocity at the sparger also decreases because the velocity

Ž² : ² :.of the gas relative to the liquid, v y v , which dependsg l
only on the bubble radius and the physical properties of the
phases, is constant. The gas continuity equation requires that
the gas holdup increase when the gas velocity decreases. Sec-
ond, the gas holdup at the sparger increases as n increases.
This behavior results from the fact that the global gas holdup,

Figure 6. Effect of the stoichiometric coefficient n on
the axial variation of the intrinsic riser gas ve-
locity.

Ž y1.Base case, moderate reaction rate k s1.0 s .
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Figure 7. Effect of the rate constant k and the stoichio-
metric coefficient n on the global gas holdup.
Base case, semi-log scale.

and, consequently, the liquid flux, decrease as n increases.
This causes the gas holdup at the sparger to increase with n,
according to the previous argument.

Figure 5 shows that the liquid velocity in the riser is sub-
stantially lower for the reactive cases than for the no-reaction
case, and that the intrinsic liquid velocity at any axial position
decreases as n increases. The values of the average down-
comer velocity v are also shown in this figure. These valuesdc
demonstrate the decrease in liquid circulation between the
no-reaction and reactive cases, and with increasing n, as
mentioned in the preceding paragraph.

Figure 6 shows that the intrinsic gas velocity in the riser is
substantially lower for the reactive cases than for the no-re-
action case, and that the gas velocity decreases with increas-
ing n, at a fixed axial position. As gas velocity decreases, the
residence time of the gas in the riser increases. This causes
the conversion to increase with increasing n, as shown in Fig-

² :ure 2. The decrease in v with increasing n is consistentg
with the fact that the holdup at the sparger increased with
increasing n in Figure 4.

The previous examples showed the effect of n on the per-
formance of a GLR, for a fixed value of k. Broader spectra
of k and n values were studied, and some of the hydrody-
namic results are presented in Figure 7, which shows the
global gas holdup e as a function of n for different k val-g
ues. The value at ns1 represents the no-reaction case. As k
increases at constant n, the reaction is faster and e isg
smaller. The curve for k™` is a limiting case where the re-
action is instantaneous at the sparger. This case corresponds
to a situation where there is no reaction, but the inlet super-
ficial velocity is U 0rn. As n increases at constant k, e de-g g
creases because each mole of A that reacts causes a larger
decrease in the total moles in the bubble. For any value of k,
there is no significant change in e for n greater than aboutg
100. When n is very large, the number of moles of gas that
disappear is essentially equal to the number of moles of A
that react. The existence of a finite global gas holdup as n™`
reflects a kinetic limitation, that is, the bubbles require a fi-
nite residence time to reach complete conversion.

A consequence of the decrease of e with increasing k andg
Ž 2 .n is that the liquid circulation flux L kgrm ? s is consider-f

ably lower for large values of k and n than for the no-reac-
tion case. In fact, if the reaction is fast enough and if the
reaction stoichiometry permits essentially complete gas con-
sumption, the liquid circulation flux can approach zero.

Bubble radius at sparger
The function of the gas distributor is twofold: to create a

uniform radial and angular profile of gas velocity, and to con-
trol the bubble-size distribution. The present model was used
to study the effect of the bubble size at the sparger. Bubble
radii ranging from 0.1 to 5 mm were considered. The range
of bubble radii reported by several authors for different me-

Ž .dia in GLRs is between 1 and 3 mm Fan, 1989; Chisti, 1989 .
Figures 8 to 10 show the effect of the bubble radius at the

Ž y1sparger for the base case, moderate reaction ks1.0 s ; n
.s50 . The conversion of Reactant A is affected significantly

by the initial bubble radius, as demonstrated in Figure 8. Since
Ž² : ² :.the relative bubble rise velocity, v y v increases withg l

bubble size, small bubbles rise more slowly and stay longer in
the reactor, which causes the smallest bubbles to have the
highest conversion at a fixed zrL. The exit conversion is about
83% when the bubble radius at the sparger is 5 mm. This
same conversion is achieved at zrL(0.55 when the bubble
radius at the sparger is 1 mm, and at zrL(0.40 when the
bubble radius at the sparger is 0.1 mm.

Figure 9 shows the axial change of the gas holdup for dif-
ferent bubble radii. The gas holdup at zrLs0 for small bub-
bles is much greater than for large bubbles, and the change
in axial gas holdup for small bubbles is greater than that for
large bubbles. The latter feature follows directly from Figure
8, which shows that the reactant conversion increases as the
bubble size decreases at a fixed zrL. The gas holdup at the

² :sparger is determined by the intrinsic gas velocity v at theg

Figure 8. Effect of the bubble radius at the sparger on
the axial variation of the fractional conversion
of Reactant A.

Ž y1 .Base case, moderate reaction rate k s1.0 s , ns 50 .
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Figure 9. Effect of the bubble radius at the sparger on
the axial variation of the gas holdup.

Ž y1 .Base case, moderate reaction rate k s1.0 s , ns 50 .

² :sparger. By continuity, the gas holdup will be low when vg
is high for a fixed gas superficial velocity. As noted previ-

Ž² : ² :.ously, the relative velocity v y v increases with bubbleg l
² :radius. A preliminary evaluation of the trend of v with rl b0

can be made by examining the gas holdup profiles in Figure
9. As a first approximation, it appears that e is not highlyg
sensitive to r , since the higher values of e for the smallerb0 zs0
bubbles are compensated by lower values of e in the top 60
to 70% of the riser. Thus, the higher holdups at zrLs0 for
the smaller bubbles appear to be caused primarily by their
lower relative velocity.

Figure 10. Effect of the bubble radius at the sparger on
the liquid circulation flux and the global gas
holdup.
Base case.

Figure 11. Effect of inlet gas composition on the liquid
circulation flux.

Ž y1 .Base case, fast reaction rate k s 2.0 s , ns 50 .

Figure 10 shows e and L as a function of r . Both eg f b0 g
and L are relatively weak functions of the bubble size whenf
reaction takes place, validating the above analysis. The
strongest dependence of e and L on bubble size occursg f
when no reaction takes place. In this case, there is no molar
gas consumption to compensate for the higher gas holdups at
the sparger that are associated with the smaller bubbles.

Inlet gas composition
Ž .An inert component or a reaction product in the gas feed

will ensure a minimum liquid circulation, even if the reactant
is rapidly and completely consumed. Figure 11 shows the liq-
uid flux as a function of the mole fraction of Reactant A in

Ž y1 .the feed for the base case, fast reaction ks2.0 s , ns50
for two different superficial gas velocities. For both superfi-
cial velocities, L decreases by about 50% relative to the no-f

Ž .reaction case pure inert when pure A is fed. However, for a
feed with 25% inert, the decrease with respect to the no-
reaction case is only about 30%, and for a feed with 50%
inert, the decrease is less than 20%.

Figure 12 shows the reactant conversion for different inlet
gas compositions as a function of zrL for the base case, fast
reaction. The fractional conversion at any axial position in-
creases as the mole fraction of A in the feed increases. This
result highlights a subtlety of the GLR operation. Since the
liquid circulation rate decreases as x increases, as shownA0
in Figure 11, the time that it takes for a bubble to travel a
specified distance increases as x increases. This accountsA0
for the increase in conversion at a fixed zrL with increasing
x .A0

Scale-up
Scaling of a reaction from the laboratory or pilot plant to

industrial size is an important and sometimes complicated
problem. Three different scale-up strategies were explored
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Figure 12. Effect of inlet gas composition on the frac-
tional conversion of Reactant A.

Ž y1 .Base case, fast reaction rate k s 2.0 s , ns 50 .

using the present model, primarily to provide a context for
studying the effects of inlet gas superficial velocity and sys-
tem dimensions.

In each case, the reactor volume and the inlet gas-flow rate
Žwere increased by the same factor, so that the apparent su-

.perficial gas residence time was constant. Strategy 1 consists
of increasing the riser length, while keeping the diameter
constant. Strategy 2 is to increase the reactor volume by in-
creasing the riser diameter with the riser length held con-
stant. This is normally a safe strategy, since the superficial
gas velocity remains constant. However, from a practical point
of view, it is not always possible or efficient to design reactors
with very large diameters due to transportation limitations or
the additional cost of on-site construction. This strategy also
requires careful, sometimes elaborate, distributor designs. It
is normally a costly strategy, especially for high-pressure re-
actors.

Strategies 1 and 2 represent extreme approaches to scale-up
that establish limits of reactor behavior. An intermediate ap-
proach is to increase both L and D, keeping the LrD ratio
constant. This strategy, Strategy 3, is a compromise that of-
fers some of the advantages of the previous two.

There are two fundamental differences between the three
scale-up strategies. First, the inlet gas superficial velocity in-
creases in direct proportion to the reactor length. For a given
scale-up, the superficial inlet gas velocity increases the most
with Strategy 1, and does not increase at all with Strategy 2.
Second, the hydraulic resistance in the downcomer circuit and
the driving force for liquid circulation change in a different
manner for the three strategies. These two differences will
cause the reactor behavior to differ for the three strategies.

The three scale-up strategies were examined for three
Ž . Ž . Ž .cases: 1 a pilot-scale reactor Figure 1 ; 2 an intermediate,

Ž .so-called ‘‘semi-commercial’’ scale; and 3 a large ‘‘commer-
cial’’ scale. For the ‘‘semi-commercial’’ scale, the reactor vol-
ume and the gas feed rate were both a factor of 10 greater
than for the pilot case. The scaling factor was 40 from the
pilot case to the hypothetical ‘‘commercial’’ case. Table 1

Table 1. Scale-Up Analysis: Reactor Dimensions and
Gas Superficial Velocities

Scale

Base Case Hypothetical Hypothetical
Pilot Semicommercial Commercial

U USF s1 SF s10 SF s40
3Ž .Volume m 0.0445 0.445 1.78

‡ ‡Strategy No. Strategy No.

Variable 1 2 3 1 2 3
UUŽ .Riser length m 1.56 15.6 1.56 3.36 62.4 1.56 5.34

†Ž .Riser diameter m 0.19 0.19 0.60 0.41 0.19 1.20 0.65
0 2Ž .U mrs =10 4.7 47 4.7 10 188 4.7 16g

volume and volumetric gas feed rate
of the scaled-up reactor

USF s Scaling Factor s .
volume and volumetric gas feed rate

of the pilot reactor
UUL rLs constant s1.30.dc†DrD s constant s1.36; h s 2 D.dc t‡Strategy Number: 1} constant D; 2} constant L; 3} constant LrD.

contains a summary of the reactor dimensions and inlet gas
superficial velocities for the three cases. All calculations were
performed with ks0.50 sy1 and ns50.

Figure 13 shows dramatic differences in conversion for
the three scales for Strategy 1. For the pilot GLR, the final
conversion is about 74%. A major increase in conversion
is observed as the scale increases; the final conversion is
essentially 100% for both the semi-commercial and commer-
cial reactors. The increase in conversion with increasing scale
results from the fact that the actual residence time of a bub-
ble in the riser t is not proportional to LrU 0. In fact, tf g f
increases substantially as L is increased. Increasing the su-
perficial gas velocity at the sparger U 0 causes the gas holdupg
e at the sparger to increase. Consequently, the gas velocity at

0² :the sparger v does not increase in proportion to U .zs0g g
Another way of understanding the results of Figure 13 is to

² :recognize again that the gas velocity at the sparger v iszs0g
² :the sum of the liquid velocity at the sparger v and thezs0l

Figure 13. Scale-up analysis.
Ž .Axial conversion profile for Strategy 1 constant L . k s 0.5

sy1, ns 50.
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Table 2. Scale-Up Analysis: Global Gas Holdup and
Liquid Circulation Flux

Scale

Base Case Hypothetical Hypothetical
Pilot Semicommercial Commercial

U USF s1 SF s10 SF s40
UU UUStrategy No. Strategy No.

†Variable 1 2 3 1 2 3
Ž .e % 4.7 4.0 4.2 5.0 3.5 3.8 4.7g

2 ‡Ž .L kgrm ? s 382 523 429 575 506 435 708f
Ž .L A kgrs 11 15 123 76 14 492 235f

Ž .Conversion, X % 74 100 71 89 100 71 95A

volume and volumetric gas feed rate
of the scaled-up reactor

USF s Scaling Factor s .
volume and volumetric gas feed rate

of the pilot reactor
UUStrategy Number: 1} constant D; 2} constant L; 3} constant LrD.

†ks 0.5 sy1, ns 50.
‡Based on riser diameter.

velocity of the gas relative to the liquid at the sparger
Ž² : ² : .v y v . As noted previously, the latter is deter-zs0 zs0g l
mined by the bubble radius at the sparger r and the physi-b0

² :cal properties of the gas and liquid. However, v de-zs0l
pends on scale, since both e and L depend on scale. Forf
Strategy 1, L is about the same for the semi-commercial andf
commercial reactors, and is about 35% lower for the pilot
scale. The semi-commercial and commercial reactors have es-
sentially the same profile of the conversion of A as a function
of dimensional length because the liquid velocity at the
sparger is essentially the same for these two scales. The con-
version for the pilot reactor is higher at a given value of z,
because the liquid velocity at the sparger is lower. A detailed
comparison of the results for Strategy 1 is shown in Table 2.

An interesting implication of Figure 13 is that the reactor
volume may not have to be increased in proportion to the
feed rate in order to achieve the desired conversion when
Strategy 1 is used. If 74%, the outlet conversion for the pilot
reactor, were the target conversion, the required values of
zrL for the semi-commercial and commercial reactors would
be about 0.14 and about 0.04, respectively. Thus, the re-
quired size of the semi-commercial reactor would be only
about a factor of 1.4 greater than that of the pilot reactor, for
a factor of 10 increase in production rate, and the required
size of the commercial reactor would be only about a factor
of 1.6 greater, for a factor of 40 increase in production rate.
However, these factors are approximate. If the lengths of the
semi-commercial and commercial reactors were reduced, the
liquid circulation rate would change, creating changes in t f
and X .A

Figure 14 presents the axial change in the gas holdup for
Strategy 1. One of the problems that can occur with this

Ž .strategy is evident when the holdups at the sparger zrLs0
are examined. For the semi-commercial and commercial re-
actors, these holdups are much higher than the normal range
of GLR operation, and beyond the region of validity of the
bubbly-flow assumption. The holdups at the sparger for these
two cases are higher because the superficial gas velocity in-
creases by factors of 10 and 40 respectively, relative to the
pilot reactor. The holdup profile for the pilot reactor de-
clines monotonically with zrL. However, the holdups for the

Figure 14. Scale-up analysis.
Ž .Axial gas holdup profile for Strategy 1 constant D . k s 0.5

sy1, ns 50.

semi-commercial and commercial cases go through minima
and then increase with zrL as a result of expansion due to
the large pressure variation over the tall columns.

As expected, the axial profiles of the reactant conversion
Ž .and the gas holdup for Strategy 2 constant reactor length

were almost identical regardless of scale. Minor differences
between the pilot scale and the larger scales resulted from
frictional effects, which became less important as the riser
diameter increased. In fact, the results in Table 2 show that
the conversion declined slightly as scale was increased for
Strategy 2 because the liquid circulation rate increased with
scale, resulting in a slight decrease of t .f

Figures 15 and 16 show the axial profiles of conversion and
gas holdup for Strategy 3. The semi-commercial and commer-
cial conversions shown in Figure 15 are substantially lower
than those for Strategy 1. However, the conversions for Strat-

Figure 15. Scale-up analysis.
ŽAxial gas holdup profile for Strategy 3 constant LrD ra-

. y1tio . k s 0.5 s , ns 50.
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Figure 16. Scale-up analysis.
ŽAxial gas holdup profile for Strategy 3 constant LrD ra-

. y1tio . k s 0.5 s , ns 50.

egy 3 also increase with increasing scale, for the reasons dis-
cussed in connection with Strategy 1. The gas holdups in Fig-

Žure 16 are within a normal range for GLRs less than about
.15% and these profiles do not show a minimum with zrL.

Table 2 summarizes the global gas holdup, the conversion,
Ž .the liquid circulation flux and total liquid flow L A , for thef

three strategies. For Strategy 1, the liquid circulation flux Lf
and the total liquid flow L A increased less than 50% be-f
tween the pilot and commercial scales. The failure of the to-
tal liquid flow to increase in direct proportion to scale might
be a major concern in applications where a high rate of heat
transfer was required.

For Strategy 1, L increases between the pilot and semi-f
commercial scales, despite the decrease in e . This shows theg
influence of riser length L on liquid circulation, as suggested
by Eq. 15. However, the increase in L between the pilot andf
semi-commercial scales is not nearly as large as predicted by
Eq. 16b, since frictional losses in the downcomer are signifi-
cant. The decrease in L between the semi-commercial andf
commercial reactors is close to that predicted by Eq. 16a.

The liquid circulation flux L is almost constant for Strat-f
egy 2, increasing slightly with scale as a result of reduced
frictional losses in the downcomer. As a consequence, the
total liquid flow L A increases essentially in proportion tof
scale. The liquid circulation flux increases with scale for
Strategy 3, but the increase in L A is less than directly pro-f
portional to scale.

Comparison of Strategies 1, 2 and 3 appears to favor Strat-
egy 1 from the standpoint of minimum reactor volume. How-
ever, the gas holdup for this strategy may fall well outside the
region of validity for the present model and well outside the
range of normal GLR operation for large reactors. There-
fore, the theoretical volume advantages of this strategy may
be difficult to achieve in practice. In addition, the failure of
L A to change significantly with scale could be a major dis-f
advantage in applications requiring heat transfer. Strategy 2
is attractive because X does not depend significantly onA
scale, and because L A scales directly with reactor volume.f

However, the construction of large-diameter reactors may be
unattractive for the reasons previously mentioned. Strategy 3
may be a good compromise if Strategy 1 involves too much
technical uncertainty, and Strategy 2 is too costly.

Finally, it should be emphasized that these scale-up calcu-
lations are intended to illustrate the phenomena that may
arise when the inlet gas superficial velocity andror the reac-
tor dimensions are changed. The above results should not be
generalized, or extrapolated to different situations, because
of the specificity of these calculations, and the fact that the
reaction considered is not a realistic representation of the
reactions that are, or might be, run in a GLR.

Modeling the KOH/////CO System2

The reactive absorption of CO into concentrated, aque-2
ous KOH solution is an example of a fast reaction with ap-
preciable gas consumption along the riser. Even though the
reaction occurs in the liquid phase and CO is transferred2
from the gas to the liquid, the dominant source of coupling
between the reaction and the reactor hydrodynamics is the
decrease of gas superficial velocity along the riser. Therefore,
the present model should be capable of describing the effect
of CO consumption on reactor hydrodynamics. However, the2
parameters k and n must be fitted to at least some of the
experimental gas-holdup data so that the rate and extent of
gas-phase mole change is properly matched.

The absorption of CO into aqueous KOH was studied in2
Ž .the GLR shown in Figure 1 by Amend 1992 . The cross-sec-

tionally-averaged gas holdup was measured at four axial posi-
tions, and the downcomer liquid velocity was also measured.

The points in Figures 17a and 17b show that the measured
gas holdup declined as CO was consumed along the length2
of the reactor. For the two lowest gas superficial velocities,

Ž .with the pure CO feed Figure 17a , the gas holdup was2
immeasurably low well below the top of the riser. Table 3
shows that the measured values of the average downcomer
liquid velocity v were substantially lower for the pure COdc 2
feed than for the pure air feed. These data demonstrate many
of the features predicted by the present model.

The parameters k and n were adjusted to fit the gas holdup
profile along the riser for the case of 100% CO feed. Figure2
17a presents a comparison of the experimental and calcu-
lated gas holdup profiles for three different gas superficial
velocities and a single set of k, n values: ks1.3 sy1 and
ns50. The large value of n is a direct result of the large
percentage decrease in holdup between the sparger and the
top of the riser. A lower value of n would have overpredicted
the gas holdups at zrLs1.

The model with ks1.3 sy1 and ns50 was then tested
against the data for the 50]50 vol. % airrCO feed mixture,2
for which the gas holdup profiles were not as steep as for
100% CO . A comparison between the model and the experi-2
mental data is shown in Figure 17b. The fit is quite good,
suggesting that a single pair of k, n values can describe gas
holdup data over a range of superficial velocities gas compo-
sitions.

The downcomer liquid velocity, calculated with the model
using the above values of k and n, is compared with the ex-
perimental data in Table 3. The model predicts the data rea-
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Figure 17. Comparison between the model and experimental holdup data for the KOH/////CO system for different inlet2
superficial velocities U 0.g

y1Ž . Ž .a Inlet gas: pure CO ; b inlet gas: 50]50 vol. % air-CO . : corresponds to the model with k s1.3 s , ns 50; B: experimental2 2
data for U 0s4.7 cmrs; l: experimental data for U 0s2.1 cmrs; ': experimental data for U 0s0.96 cmrs.g g g

sonably well. As expected, the large molar gas consumption
that occurred with pure CO caused a significant decrease in2
the downcomer velocity.

Conclusions
A model that simulates the coupling of hydrodynamics and

Ž .chemical reaction in a gas-lift reactor GLR has been devel-
oped based on a gas-phase, first-order, isothermal, irre-

k 6versible reaction nA B with no gasrliquid mass transfer.
The axial profiles of reactant conversion, pressure, gas
holdup, and gas and liquid velocity in the riser can be calcu-
lated, along with the liquid circulation rate. Consequently,
the model is a useful tool for studying the variables that af-
fect the design, scale-up and operation of GLRs. The liquid
circulation flux is sensitive to the reaction rate and stoichiom-
etry since these parameters have a major influence on the gas
holdup profile in the riser, which drives liquid circulation.

ŽThe use of feed gas mixtures that contain an inert nonre-

( )Table 3. Downcomer Liquid Velocity v fordc
KOH-CO System2

0 2 Ž . Ž .U =10 Inlet Gas v mrs v mrsg dc dc
Ž .mrs Composition Data Model

air 0.49 0.51
0.96 50]50% air-CO 0.49 0.412

UU100% CO -0.31 0.252

air 0.64 0.65
2.1 50]50% air-CO 0.61 0.552

UU100% CO -0.31 0.362

air 0.79 0.87
4.7 50]50% air-CO 0.70 0.752

100% CO } 0.522

UInlet superficial gas velocities.
UUMinimum measurable value.

.acting component can help to maintain liquid circulation,
even when the reactant is completely consumed. The bubble
size at the sparger has a substantial impact on the reactant
conversion, but a relatively weak influence on the liquid cir-
culation rate.

Different scale-up strategies were explored at a constant
ratio of gas feed rate to reactor volume. The reactant conver-
sion increased with scale, but the ratio of liquid circulation to
gas feed rate decreased with scale, for scale-up strategies that
involved increasing the superficial gas velocity, such as main-
taining a constant diameter riser or maintaining a constant
LrD ratio for the riser. The results for a strategy that in-
volved maintaining a constant riser height and increasing the
riser diameter were essentially insensitive to scale.

The model was able to describe gas holdup data for the
KOHrCO system at different gas superficial velocities and2
inlet gas compositions, using a single set of reaction parame-
ters k and n. The measured liquid circulation rate was pre-
dicted adequately with this set of parameters.

Notation
Gsgas mass flux in riser, kgrm2 ? s

k y16kskinetic rate constant for the reaction nA B, s
L sdowncomer length, mdc
M smolecular weight of gas mixture, kgrkmolg

Ž . 3r sphase density is g, l , kgrmi
P satmospheric pressure, Nrm2

atm
3Ž 2 .Rsgas constant, m Nrm rK ?kmol

ResReynolds Number, based on bubble diameter and velocity
Ž² : ² :.of gas relative to liquid, Res2 r r v y v rmb l g l l

t sbubble residence time between sparger and top of riser, sf
T stemperature, K
m sliquid viscosity, kgrm ? sl
Vsaveraging volume, m3

² :x sdenotes volume average of x, defined by Eq. 3
² : ² :x sdenotes cross-sectional average of x in the riser, defined

by Eq. 4
Ž .x smole fraction of component i in gas phase isA, B, Ii
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